Gas-Solid Contacting with Ozone
Decomposition Reaction

Fluidized catalyst beds have advan-
tages in catalyst handling and heat
transfer when compared with fixed beds.
At a given space velocity, however, the
conversion in fluidized beds is lower than
that observed in fixed beds, owing to
less efficient gas-solid contacting. Since
the performance of fluid-bed reactors
depends upon gas-catalyst contacting,
their design benefits from a knowledge of
the variables affecting contacting. Con-
tacting mechanisms for fluidized beds
have been proposed and tested by several
investigators: Shen and Johnstone (1)
studied the kinetics of decomposition of
nitrous oxide over an impregnated alum-
ina catalyst in fixed and fluid beds, and
in a more recent paper Mathis and Watson
(2) studied the effect of fluidization on
the kinetics of catalytic cumene dealkyla-
tion in fixed and fluid beds. Both papers
were concerned primarily with developing
a mechanism of fluid-bed contacting by
applying fluid-bed kinetic data to pro-
posed models of fluid-bed behavior. These
papers indicate that current knowledge
of the contacting mechanism is insufficient
to develop generalized correlations for
reactor design; therefore the design of
large-scale fluid-bed reactors depends
upon empirical correlations developed
from fluid-bed kinetic data. Unfortu-
nately, as the number of fluid-bed
parameters that may influence gas-
catalyst contacting is large, experiments
performed to obtain these design data
with most industrial reactions are expen-
sive and time consuming.

To reduce the expense and time
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required to obtain these fluid-bed kinetic
data a substitute reaction may be used
which has the following characteristics:
low concentrations of reactant; rapid
and accurate analysis by simple, well-
established methods; and measurable
reaction rates at low pressures and
temperatures. In addition to these
characteristics the substitute reaction
must be rate controlled in the same way
and by the same catalyst as the reaction
for which it is to be substituted.
Hydrocarbon synthesis on mill-scale
catalyst is a reaction for which a sub-
stitute is desirable to obtain reactor
design data, and ozone decomposition
was found to possess the requirements of
a satisfactory substitute for this reaction.
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EXPERIMENTAL PROCEDURE

The experimental procedures used to
study fluid-bed gas-solid contacting with
the ozone decomposition reaction in 2-, 8-,
and 30-in.—diam. metal reactors are de-
seribed under Pilot Plant Procedure. The
small-diameter (11 and 22 mm.) glass-
reactor experimental procedures (for both
fixed and fluid beds) are described under
Laboratory Procedure.

The catalyst used in these studies was
rod mill scale obtained from the Bethlehem:
Steel Corporation plant at Sparrows Point,
Maryland. The catalyst was ground to a
particle size of —40 mesh, washed with
boiling water twice, and air dried. Bulk
settled density of the catalyst varied from
165 to 200 lb./cu. ft. and particle specific
gravity from 4.5 to 5.0. Average properties
for the catalysts, indicated as fine grind
and coarse grind, are as follows:

ScrREEN ANALYsis, Wr. 9
(U. 8. National Bureau of Standards)

Sieve Sizes

Minimum
Average settled fluidization
catalyst density —40 —60 —80 —100 —140 —200 velocity
Ib./cu. ft. +60 -+80 100 +140 4200 4325 —325 ft./sec.
Fine 165 — — 2.6 37.8 28.4 220 9.2 0.05
Coarse 197 11.8 18.1 15.1 21.4 12.7 12.8 8.1 0.13

The ozone decomposition reaction was
used in 2-, 8-, and 30-in.—diam. metal
reactors to obtain data for predicting
fluid-bed reactor performance. In addi-
tion experiments were performed in
small glass fixed- and fluid-bed reactors
to investigate the mechanism of fluid-bed
gas-catalyst contacting. The purpose of
this paper is to discuss the results of these
experiments.
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Fig. 1. Flow diagram of pilot plant experimental equipment.
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The minimum fluidization velocity was
determined in separate small-scale equip~
ment by use of nitrogen at room tempera-
ture and atmospheric pressure.

Pilot Plant Procedure

A flow diagram of the 30-in. reactor used
in the pilot plant is shown in Figure 1.
The 2- and 8-in. fluid units were operated
with the same gas-supply system as the
30-in. unit.

Compressed air was passed through a
knockout drum, felt oil filter, and charcoal
adsorber to remove contaminants. Water
concentration in the reactor feed was con-
trolled by saturating the air with water
at a measured pressure and temperature
(usually 85 lb./sq. in. gauge and 85°F.) in
a small packed tower. A portion of the air
stream from the saturator was mixed with
the ozone-oxygen stream in a Venturi tube,
the purpose of which was to eliminate surges
in the ozone-oxygen stream by absorbing
the pressure changes in the main feed line
to the reactor grid.

Ozone was made in a Welsbach type C
ozone generator from bottled oxygen. A
low nitrogen concentration was essential to
avoid poisoning the catalyst with nitrogen
oxides formed in the ozone generator. All
valves, piping, and equipment from the
ozone-generator exit to the Venturi were
constructed of stainless steel.
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The combined feed stream was preheated
to 85°F. before entering the reactor through
a multiholed flat plate grid. The reactor
was insulated and electrically heated to
maintain a constant temperature. Sample
lines of Tygon tubing were connected to
stainless steel valves just below the grid
and between the reactor and external cyclone
on the vent line for the 30-in.—diam. unit.
For the 2- and 8-in.~diam. units sampling
ports were located below the grid, on the
vent line, and about 11 ft. above the grid.
All three reactors were about 20 ft. long,

Air and ozone-oxygen flow rates were
measured by orifice meters, static pressures
by mercury manometers or pressure gauges,
and temperatures by thermocouples. Most
of the pilot plant experiments were con-
ducted with atmospheric pressure at the
reactor vent, although a few runs were
made with about 45 1b./sq. in. gauge back
pressure.

Since the comparison of the efficiencies
of gas-solid contacting in different reactor
systems requires a catalyst of constant
activity, periodic activity checks were
performed in the 8-in.—diam. unit. Before
any of the reactors were loaded with
catalyst, a blank run was made to measure
the amount of ozone conversion due to the
walls of the reactor. The ozone conversion
on the walls of the 8-in. unit slowly increased
with time. Instead of the reactor being
replaced a new sheet-metal liner was
inserted in the unit to provide a less active
surface whenever the empty unit conversion
became too large.

During loading of the reactors an air flow
of about 0.1 ft./sec. was maintained. Ozone
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Fig. 4. Arrhenius plot for activation energy
of ozone decomposition reaction.

concentration was adjusted to 0.03. 3= 0.005
mole %, ozone in the total feed. After steady
state conditions had been attained, two or
three samples each of the reactor feed and
vent gas streams were analyzed for ozone
concentration by either a chemical or an
optical method.

A catalyst inventory was maintained and
samples taken during unloading for particle
size determination. Catalyst fines were
retained in the 30-in. reactor by an internal
cyclone, while the fines from an external
cyclone were returned at the end of each run.

The catalyst bed height (settled) was
calculated from the catalyst inventory, bulk
settled density, and open cross-sectional
area of the reactor. Superficial gas velocity
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Fig. 2. Flow diagram of laboratory experimental equipment.
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was calculated at the conditions in the top
of the reactor. Experimental results were
obtained at constant reactor temperature
(generally 85°F. £ 0.5°) to eliminate the
need for temperature corrections.

Laboratory Procedure

A flow diagram of the experimental
equipment used with the glass reactors is
shown in Figure 2. Various gases were used
instead of air as the carrier gas in this
system. The carrier gas stream was passed
through an ascarite trap to remove small
amounts of carbon dioxide and then satu-
rated with water vapor at a controlled
temperature and pressure before being
throttled into the mixing tube. In a single
experiment it was observed that carbon
dioxide as the carrier gas poisoned the
catalyst. The oxygen stream was passed
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through Drierite and the ozone generator
before entering the mixing chamber. A
constant fraction of the mixed stream was
continuously withdrawn for feed gas
analysis. The remainder of the mixed
stream was passed through the glass pre-
heater and through the reactor. The reactor
effluent stream was analyzed chemically,
and a wet test meter measured the total
tail gas rate. All pressures were measured
with open-end mercury manometers; tem-
peratures were measured by mercury
thermometers with 0.1°C. graduations.

An 11 mm. diam. pyrex glass reactor was
used for fixed bed experiments. Downflow
operation was used with the catalyst sup-
ported by a coarse fritted glass disk. A
similarly constructed 22-mm. Pyrex glass
reactor was used for the fluid-bed experi-
ments. The usual catalyst charge to the
11- and 22-mm. diam. reactors was 5 and
20 g., respectively.

Analytical Procedure
Chemical Method
Ozone was determined volumetrically by

the iodide method (3) which depends upon
the reaction

2KI +03 +H20‘—>I2 +02 +2KOH .

Opitical Method

Ozone was determined by its ultraviolet
absorption using 255 mu as the analytical
wave length, A Beckman recording ultra-
violet spectrophotometer with a 10-cm.
absorption cell was used and calibrated
with the iodide method.

RESULTS AND DISCUSSION

Fixed-Bed Kinetics of the Ozone
Decomposition Reaction

A characteristic of a substitute reaction
for fluidization studies is similar reaction
kinetics. Consequently the kinetics of
ozone decomposition over mill scale
were determined in small fixed-bed glass
reactors for comparison with hydrocarbon
synthesis data.

Order of Reaction

To determine the order of the ozone
decomposition reaction the mole fraction
of ozone was varied from about 0.02 to

10
REACTOR 11 m 014, PrAeX
) AMOUNT OF CATALYST

CATALYST PARTICLE
- 140 MESH

ﬁA
© CARBIER WirRoGEN
CARRIER E‘S FLOW RATE 392 SYD CII FT.7 MR,
. )
Il'

AVERAGE REACTOR PRESS.

REACTOR TEMPERATURE
% 03 IN Oy FEED 30

MOLE % Oy IN FEED

)

WOLE % Oy, TAIL
o
s .

MOLE % D3, FEED

n.(

H
|

-
s 10 20 “0

o1

' 2 4 6 60 80 100

PARTIAL PRESSURE Hy0, MM. Hy

Fig. 5. Effect of water partial pressure on
ozone decomposition reaction.

December, 1958



X8

0

140

FLUID BEC DENSITY, LB.

30

o 0z o4 X3 as 1.0
SUPERFICIAL LINEAR VELOCITY, FT./ SEC.

Fig. 6. Effect of linear velocity on fluid-bed
density.

0.26 with all other variables held constant.
The data from this experiment are shown
in Figure 3. Since the product (total gas
flow rate) [In (mole 9% ozone, feed/mole
%, ozone, tail)] is constant over about a
tenfold change in feed ozone concentra-
tion, it has been concluded that the
reaction is first order with respect to
ozone concentration. Data from similar
experiments with the hydrocarbon syn-
thesis reaction show this reaction to be
first order also, as confirmed by. data
appearing in the literature (4).

Actwation Energy

Activation energy of the reaction was
evaluated over the temperature range
from 57° to 88°F. The data are presented
in Figure 4 as a plot of log [In (mole % o5,
feed/mole 9, o,, tail)] vs. 1/T. An activa-
—tion energy of about 29 keal./g. mole
was caleulated from the slope of this
curve. Since the magnitude of this energy
of activation is consistent with a surface
rate-controlled reaction, it was assumed
that the ozone decomposition reaction is
surface rate controlled. Data from
similar experiments with the hydrocarbon
synthesis reaction indicate that this
reaction is also surface rate controlled (4).

Effect of Water Partial Pressure

To determine the effect of water upon
the ozone decomposition. reaction water
partial pressure was varied from 3.5 to
7.5 mm. mercury holding all other
variables constant, including a pressure
of 1 atm. Data from this experiment are
shown in Figure 5 as a plot of log {ln
(mole 9, ozone, feed/mole 9, ozone,
tail)] vs. log partial pressure of water in
millimeters of mercury. Since the slope
of the correlating line is approximately
minus 3, it has been concluded that over
the range investigated the reaction is
reciprocal third order with respect to
water vapor concentration.
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Derivation and Evaluation of
Reaction Rate C s

Dertvation

From the fixed-bed data discussed,
rate of ozone decomposition per unit
mass catalyst is equal to k(p,,/P%m.0).
In a differential length of reactor of cross
section area, the mass of catalyst is
equal to 7 A dl. Thus, rate of ozone
decomposition in reactor segment dl is
equal to kAn(p../P*a.0) dl. Under steady
state conditions the moles of ozone
decomposed per unit time are equal to
the moles of ozone entering reactor
segment dl per unit time (n,,) minus the
moles of ozone leaving reactor segment
dl per unit time (n,, + dn,,). Thus rate
of ozone decomposition in reactor segment
dl becomes

Po: _ 1

Pu.o

—dn,, = kAn

This may be rewritten

—d(Ngyo,) _ kAn dl
= 32 (1)
Yo, Yu,o T

When the total pressure varies linearly
with the length of the reactor, = =
a — byl. With % assumed constant,
dr = —by dl. Equation (1) may now be
written

dNey,) _ kA dr
Yosu byH203 7|'2

2

For the case in which the change in total
moles of gas is negligible (moles total
gas > moles ozone), and temperature
and mole fraction water are constant,
this equation may be integrated over the
length of a fixed bed and solved for k to
vield

b 8 &) 1
k_byH20<A _1~__1_

Ty Tpg

Although Equation (3) has been
derived for fixed catalyst beds, it has been
used in this paper as a measure of the
activity of fluid catalyst beds. For fluid

W,.) 8
. (yas)T (3)
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beds, when 7 is expressed in pounds per
square foot and % in pounds per cubic
foot, b = 1. Since the reaction rate
constant in Equation (3) is a direct
measure of fluid-bed reactor performance,
this equation offers a convenient means
of correlating ozone conversion data from
a fluid bed. Use of Equation (3) for fluid
bed data correlation purposes does not
necessarily suggest any particular con-
tacting mechanism in fluid beds.
Corrections for QOzone Conversion on
Reactor Walls

Since the sampling point for the
reactor tail gas was generally several feet
above the top of the fluid bed, ozone was
decomposed by the reactor walls above
the bed before the gas was sampled and
analyzed. Thus the ozone concentration
at the top of the fluid bed in Equation
(3) was unknown. To obtain this con-
centration blank runs were made without
catalyst before and after each set of
experiments with catalyst present. These
data are sufficient to calculate the ozone
concentration at the top of the fluid bed
if the following assumptions are made:
Rate equation (1) developed for reaction
within the bed is applicable to reaction
on the walls; activity of the exposed wall
surface is constant; and pressure change
in the empty reactor is negligible.

With these assumptions Equation (1)
can be integrated from the bottom of the
reactor to the top sampling point to
yield the result

’
k'les
3 2
Yu.0 Tavg. NG

(yaa)B1 —
(Z/o,)n

(4)

Similarly Equation (1) can be integrated
from the top of the fluid bed to the top
sampling point to yield

k,(lRCAT _ ZBED) (5)

3 2
Yu,0 Tasg. NG'

(yoa)T
In (yog) Tao

Elimination of ¥’ from Equations (4)
and (5), rearranging them, and subtract-
ing In (y,,)s from both sides of the final
equation yields the desired expression
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to substitute in Equation (8), which
then becomes

E = o' (Vo) )| n Gl

Wou)n

lzgp) In (yog)B.iI

(ZRCAT _
B
+ W)

(lex)

where

[yH:037TM9-2(NG/A)]E
W0 T N/ Dlear )

and the subscripts E and CAT indicate
that these quantitiecs be evaluated at
conditions used in the runs without
catalyst and with catalyst, respectively.
All ozone mole fractions on the right side
of Equation (6) were measured.

Corrections for the ozone conversion
above the bed were not greater than
10% of the apparent reaction rate
constant.

Since ozone was found to be decom-
posed on contact with the reactor walls
above the top of the fluid bed, some
decomposition is also possible on the
reactor wall below the top of the fluid bed.
No correction for this conversion has
been made, since the data are insufficient
to calculate its extent. However it is
likely to be insignificant compared to the
total ozone conversion because the
average actual velocity of gas within
the bed is high compared to the velocity
above the fluid bed, and the concentra-
tion of ozone in the dense phase of the
fluid bed and therefore in contact with
the reactor wall is low.

Under constant experimental condi-
tions the precision of the data was
determined, and the calculated reaction
rate constant & found to deviate by a
maximum of about 5%,. Other experi-
ments were performed to determine the
validity of the corrections for ozone
conversion on the reactor wall above the
fluidized-catalyst bed. In these experi-
ments reaction rate constants were

B =
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evaluated from analyses of tail gas
samples taken rapidl$ from the top of the
reactor and from a special sample port
near the top of the fluid bed. The per-
centage of deviation in these k values
was significantly smaller than the 59
error in precision already noted.

Evaluation

Height of the fluid bed was calculated
by dividing the catalyst inventory,
pounds, by the cross-sectional area,
square feet, and by a constant settled
catalyst density, 165 Ib./cu. ft., and
multiplying by a constant expansion
factor for fluid beds of 1.20. Pressure at
the top of the bed was assumed equal to
the measured pressure at the reactor exit.
Pressure at the bottom of the bed was
calculated by adding the bed pressure
drop (measured by a mercury manometer)
to the pressure at the top of the bed.

In the expression (Ym0’ awo?Ne/A)car,
the term m,,, Ib./sq. ft. abs. was assumed
to be the measured pressure at the top
sampling point. In Equation (6) the
following expression was evaluated from
an average of data taken in the empty
reactor before and after each set of
experiments with catalyst present

[1 <yoa>ﬁ,][[ymo%rm,ﬂzvg/A)]E]
o) r, lrg

. The term 7,,, 1b./sq. ft. abs. was assumed

equal to the measured pressure at the
top sampling point.

It should be noted that the corrections
for conversion above the catalyst bed
were made by using estimated fluid-bed
heights. For convenience the same settled-
bed density and fluid-bed expansion
factor were used in all calculations. In
general the corrections to the k values for
ozone conversions above the catalyst
bed were less than 59, of the k value.
Use of actual fluid-bed heights would not
significantly affect this correction for
conversion above the fluid bed. Figure 6
is a plot of fluid-bed density vs. superficial
linear velocity for the three reactors with
coarse and fine catalysts. These data
can be used to caleulate actual fluid-bed
heights from the settled-bed helghts
shown in Figures 7 to 11.

For the small-scale laboratory experi-
ments the total pressure = in Equation
(1) was assumed to be constant and equal
to m,,.. Integration over the length of the
catalyst bed gives

(yaa)F k
(yOa)T
Since Wear = Anlggp, the weight of

catalyst in the reactor, this equation
may be rearranged to read
(o)) r

_ yHgO37ravg.2NG
k= I: Wear ‘ :“: (yoa)T:‘ ©

The apparent reaction-rate constants
for both pilot plant and laboratory

NG ln 2 (AﬂlBED) (8)

yH (o) Wavg
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experiments were evaluated by using
pound, foot, and second units.

Contacting Efficiency in Pilot
Plant Fluid-Bed Reactors

The apparent ozone decomposition
reaction-rate constant, k, evaluated from
Equation (6), is a function of catalyst
activity, gas-solid contacting, and tem-
perature. When catalyst activity and
temperature are held constant, & becomes
a direct measure of gas-solid contacting
in fluidized beds.

In Figures 7, 8, 9, and 11 the log of
the rate constant k is plotted vs. linear
velocity with parameters of bed height,
catalyst particle size, and reactor diam-
eter. In Figure 10 the log of the rate
constant is plotted vs. the log of the
reactor diameter with bed height as a
parameter. Superficial linear velocities
were calculated at the top of each reactor,
and the bed heights (settled) were
calculated from the catalyst inventory,
reactor cross-sectional area, and average
settled catalyst density for each grind.

Saturation temperature and pressure
(which determined water concentration
in the feed gas) were held constant at
85°F. and 85 lb./sq. in. gauge for the
experiments shown in Figures 7 to 10;
saturator temperature was increased to
90°F. for the experiments of Figure 11.
All other experimental conditions are
stated on the figures.

Figures 7, 8, and 9 show the effect on
k of linear velocity, bed height, and
particle size for reactor diameters of 2, 8,
and 30 in. No coarse-grind data were
available for the 2-in. reactor.

According to these three figures &
appears to increase slightly as the linear
velocity is increased, except for bed
heights above 5.6 ft. in the 8-in. unit.
Over most of the range of linear velocities
studied % is shown to decrease with
increased bed heights, with the exception
of the 2-in. data. The most pronounced
effect on %k, shown by Figures 8 and 9,
is due to increased particle size of the
catalyst. At 0.5 ft./scc. linear velocity &
increased 759, in the 8-in. unit and 409,
in the 30-in. unit when the particle size
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was changed from fine to coarse grind.
Figure 10 shows the effect of reactor
diameter on &k with all other parameters
held constant. At a bed height of 10.0 ft.
and a linear velocity of 0.5 ft./sec. the
ratio of k values for a 2-in. to an 8-in.
reactor is 2.1 for a fine grind. This ratio,
obtained with ozone decomposition, can
be compared to a value of 2.3 for the
ratio of 2- to 8-in. reactor performance
from the hydrocarbon synthesis reaction
over an iron catalyst in fluidized beds.
Another comparison of the ozone decom-
position with hydrocarbon synthesis can
be made by using the ratios for fixed bed
to 8-in. reactor performance. For these
reactors the ratios are about 15 to 1 to
20 to 1 for ozone or hydrocarbon syn-
thesis, depending on the experimental
conditions. These data suggest that the
ozone deecomposition reaction ean be used
to simulate the gas-solid contacting
process occurring in a hydroearbon
synthesis fluid-bed reactor. In addition
these data also suggest that the ozone
decomposition reaction may be used for
studying gas-solid contacting in fluid
beds for other first order reactions.
Figure 11 illustrates how increased
reactor pressure (4 atm.) in an 8-in.
reactor affects the shape of the linear-
velocity—bed-height curves (Figure 8)
obtained at l-atm. pressure. At the
higher pressure the effect of linear
velocity appears about the same, with
the bed-height effect slightly reduced.
An absolute comparison between Figures
8 and 11 is complicated, since the reactor
temperature was increased from 85° to

120°F. to obtain measurable ozone con- °

versions at the higher pressure.

Preliminary Investigation of Fluid
Bed C h

In the preceding paragraphs no con-
sideration has been given to the mecha-
nism of the actual contacting process.
The purpose of the experimental work
discussed was to use the ozone decom-
position reaction for determining the
effects on gas-solid contacting of changes
in certain operation variables in fluidized-
bed reactors. These data suggest that
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ozone decomposition data may be used
to develop empirical correlations for
fluid-bed hydrocarbon-synthesis reactor
design. However to develop generalized
correlations for reactor design an under-
standing of the actual mechanism of gas-
solid contacting is necessary.

Experiments have been performed in
small glass fixed- and fluid-bed reactors
by using the ozone decomposition reaction
to investigate the actual contact mecha-
nism. Such an investigation requires
examination of the variables affecting
gas-catalyst contacting over much wider
ranges than is required for empirical
reactor design. In addition parameters,
which were held constant in reactor
design studies, for example, catalyst
activity, were varied in these preliminary
mechanism studies.

This investigation began with experi-
ments designed to determine whether the
contacting process taking place in the
small glass reactors is the same as that
in the larger, for example, 8-in. diameter
reactors. The data obtained from this
preliminary study show no contradiction
of an assumption that the contacting
processes are the same. Two tests were
made that indicated that the contacting
processes were similar.

One such test was the variation of
apparent reaction rate constant with
temperature. In Figure 12 the quantity
In (mole 9 o0, feed/mole 9, o0, tail) is
plotted against reciprocal temperature
for a typical 22-mm.—glass-reactor experi-
ment and for a variable-temperature run
made in the 8-in.—diameter fluid reactor.
The glass reactor was operated at slightly
above atmospheric pressure at a gas
linear velocity of about 0.44 ft./sec. and
contained 20 g. of catalyst. The 8-in.
reactor contained 312 1b. of catalyst and
was operated at an exit pressure of
45 1b./sq. in. gauge and a linear velocity
of about 0.20 ft./sec. No correction was
made for empty unit conversion in the
8-in.—diameter unit. Although the con-
ditions of operation were somewhat
different (1 and 4 atm.), it is evident
that the change in conversion with
temperature is qualitatively similar in
the two systems; thus the data suggest
that the contacting process is similar in
the two systems.

The other test was to investigate the
effect of gas linear velocity upon gas-
solid contacting. Experiments were per-
formed in the 22-mm.-diameter reactor
with nitrogen at variable flow rates as
the fluidizing gas. Data from these runs
are presented in Figure 13 together with
similar data from a fixed-bed run with
the same 120- to 140-mesh mill-scale
catalyst. Each separate fluid-bed run was
made with the same 20 g. of catalyst by
adjusting linear velocity to a constant
value and observing the change in ozone
conversion with changes in temperature.
Thus fluidization conditions for each run
were constant. Changes in conversion
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were -thus obtained as a function of
temperature only. (Changes in linear
velocity, gas density, and viscosity were
small over the 30°F. temperature range
used.)

Examination of Figure 13 indicates
that all the fluid-bed data are correlated
by a single line, although the four sets
of fluid-bed data were obtained at
different linear velocities. These data
indicate that the effect of linear velocity
is directly correlated for this particular
catalyst particle size and reactor system
by the first order reaction rate constant
values. The data obtained with coarse
catalyst in the larger diameter fluid
reactor (Figures 8 and 9) also show
little or no variation in k value with
linear velocity, suggesting again that the
contacting process in the small glass
reactors is similar to that in the larger
units. The corresponding data from the
2-, 8-, and 30-in.-diameter reactors,
Figures 7, 8 and 9, with fine-grind catalyst
(for which there are no comparable
glass-reactor data) show an increase in
apparent activity with linear velocity.
These data suggest that the gas-catalyst
contacting process may not be the same
with the smaller particle-size catalyst.

Comparison of the fluid-bed with the
corresponding fixed-bed activity values
in Figure 13 indicates that at low con- .
versions (about 209%,) the fixed-bed activ-
ity is about 2.2 times the value for the
fluid bed at the same temperature
(I/T X 108 = 3.48). The difference
between the two sets of values increases
with increased conversion, and so at
high conversion (about 80 to 909%,) the
fixed-bed activity is about 5.5 times the
value for the fluid bed (1/7 X 10 =
3.29). With the larger 8-in.—diameter
reactor the fixed-bed value at high
conversion is about fifteen to twenty
times that of the fluid bed. Thus these
data are consistent with the trend toward
lower activity of the 8-in.-diameter
reactor, compared with that of the 2-in.—
diameter reactor (Figures 7 and 8).

To determine the effect of gas density
upon gas-solid contacting experiments
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Fig. 12, Comparison of temperature effect on
conversion between pilot plant and labora-~
tory fluid-bed reactors.
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were performed with helium used as the
fluidizing gas. The experiments were
performed in the same manner as those
with nitrogen, with the same ecatalyst
and covering the same linear velocity
range. The results from these runs, which
are shown in Figure 14, are not sig-
nificantly different from the correspond-
ing data with nitrogen used as the carrier
gas. Since the viscosity of nitrogen and
that of helium are approximately the
same and the densities differ by a factor
of seven, gas density is not an important
factor in the gas-solid contacting process
with this particular system.

The over-all kinetics of the fluidization
process were determined in 11- and
22-mm.—diameter reactors. With all other
variables held constant, feed-gas ozone
concentration was approximately doubled.
Ozone conversion in both experiments
initially was 709, and no change in
percentage of conversion was observed
after the feed-gas concentration had been
increased. Thus it appears that under
constant fluidization conditions the total
conversion process is first order with
respect to ozone concentration.

To determine the effect of catalyst
particle size upon gas-solid contacting,
experiments were performed with 60- to
100-mesh catalyst. These experiments
were performed with nitrogen used as
the fluidizing gas in the same manner as
were the series of experiments with 120-
to 140-mesh mill-scale catalyst. The data
from these runs are shown in Figure 15.
As in the case of the 120- to 140-mesh
catalyst a single correlating line has been
drawn through all the different sets of
data at constant linear velocities. Close
examination of Figure 15 indicates a
trend toward increased k values at higher
linear velocities. As in the case with the
pilot plant experiments, however, this
change is small,

Comparison of the fluid-bed with the
corresponding fixed-bed data with the
60- to 100-mesh catalyst (Figure 15)
shows that the differences are much
smaller than those observed with the
120- to 140-mesh catalyst (Figure 13).
At low conversions (about 209;) with
60- to 100-mesh catalyst the fixed-bed
activity is about 1.4 times the values for
the fluid bed at the same temperature
(1/T X 108 = 3.40). The corresponding
comparison with 120 to 140-mesh cata-
lyst was 2.2 times. At high conversions
(about 809, the fixed-bed activity is
about 2.4 times the value for the fluid
bed with 60 to 100 mesh catalyst (1/7 X
105 = 3.25) compared to 5.5 times with
120- to 140-mesh catalyst. Since for a

_ fixed-temperature and catalyst-particle-
size comparison of data from fixed with
those from fluid beds constitutes a com-
parison of the effectiveness of catalyst
utilization or gas-catalyst contacting, the
data in Figures 13 and 15 may be inter-
preted to mean that the gas-solid con-
tacting in the fluid bed with the 60- to
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100-mesh catalyst is better than with
the 120 to 140-mesh catalyst. In addi-
‘tion, since the minimum fluidization
velocities for the 120- to 140-mesh
catalyst and for the 60- to 100-mesh
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catalyst are 0.10 and 0.22 ft./sec.,
respectively, the improvement in gas-
solid contacting may be attributed to
the larger fraction of gas flowing through
the dense phase of the coarser grind
catalyst. Since gas flow through the
voids in the dense phase is probably in
the viscous range, gas viscosity should
also be a variable in the gas-solid contact-
ing mechanism.

NOTATION

A = cross-section area of reactor

by = constant characteristic of cata-
lyst bed

k = reaction rate constant per unit
mass catalyst

k = reaction rate constant per unit
length

N¢ = total gas flow per unit time

pu,o = partial pressure H;O

Do, = partial pressure o;

ym,0 = mole fraction H.O

You = mole fraction o;

(¥,,) s = mole fraction o, at bottom of
catalyst bed

.,) 5, = ozone mole fraction at inlet for
empty reactor

(¥,,)r = mole fraction of ozone in feed

(#,.)r = mole fraction o; at top of cata-
lyst bed

(Yo.)r. = ozone mole fraction at top
sampling point for empty reac-
tor

..)r, = ozone mole fraction at top
sampling point with catalyst
present

lggp = height of fluid bed, ft.

lpcar = height of top sampling point
above inlet with catalyst pre-
sent, ft.

lgg = helght of top samphng point

above inlet for empty reactor,
ft.

Greek Letters

1 = catalyst density
™ = Po,/Yos = Pm.o/¥mo = total
. pressure
Ty = total pressure at top of catalyst
bed, 1b./sq. ft. abs.
g = total pressure at bottom of

catalyst bed, 1b./sq. ft. abs.
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